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Abstract 
 
Catalytic supercritical water gasification of heavy (dewatered) bio-oil has been investigated 
in a batch reactor in the presence of ruthenium catalysts in the form of RuO2 on γ-Al2O3 
support. The reactions were carried out at temperatures of 400 °C, 450 °C and 500 °C and 
reaction times of up to 60 min using 15 wt% of bio-oil feed. Increased ruthenium oxide 
loading led to increased carbon gasification efficiencies (CGE) and bio-methane production. 
Hence, using the 20 wt% RuO2/γ-Al2O3 catalyst, CGE was 97.4 wt% at 500 °C and methane 
yield reached nearly 30 wt% of the bio-oil feed, which gave a CH4/CO2 molar ratio of 1.28. 
There was evidence that the RuO2 was involved in the initial conversion of the bio-oil to 
carbon oxides and hydrogen as well as the reduction of the CO2 to methane via CO 
methanation. However, competition for CO consumption via the water-gas shift reaction was 
also possible due to the large presence of water as the reaction medium. This work therefore 
demonstrates that high concentrations of heavy fraction of bio-oil can be catalytically 
converted to a methane-rich gas product under hydrothermal conditions at moderate 
temperatures. The calorific values of the gas product reached up to 54 MJ.kg
-1
, which is 
nearly 3 times the HHV of the bio-oil feed. 
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Introduction 
Fast pyrolysis of biomass is the technology of choice for the preferential production of bio-
oil. This liquid product is a dark brown viscous mixture of water and a variety of many 
chemical compounds, which gives it a characteristic smoky odour. Generally, crude bio-oil, 
freshly obtained from the pyrolytic process consists of moisture, carboxylic acids, 
carbohydrates, alcohols, ketones, aldehydes, phenolics, furfurals and other water- insoluble 
compounds formed mainly from the lignin fraction of biomass [1]. Fast pyrolysis may be 
regarded as a biomass pre-processing technology to produce a liquid bio-oil which is much 
easily adaptable to further processing than the original solid biomass and contains about 10 
times higher energy density compared to raw biomass [2]. Hydrothermal processing, which 
takes place in high-temperature, high-pressure water conditions, can be a viable technology 
for the conversion of bio-oil to more useful products including biogas and liquid biofuels. 
Therefore, fast pyrolysis can be used to solve one of the challenges of hydrothermal 
gasification of biomass, which is the difficulty in delivering solid biomass feedstock 
continuously into a hydrothermal reactor [3-6]. 
 
The physical characteristics and chemical composition of crude bio-oil renders it directly 
unusable as liquid fuels in conventional engines without modifications of the bio-oil or the 
engines. This is due to problems of massive acidic and hot alkali corrosion, significant wear, 
solid deposition and poor ignition [7-8]. Moreover, crude bio-oils have relatively low 
calorific values of between 16-19 MJ.kg
-1
 compared with conventional fuels such as heavy 
oil (40 MJ.kg
-1
) for power plants and would result in poor electricity production efficiency. 
The performance of bio-oils can be improved by mixing with methanol and other cetane- 
improving additives [8], however at increased costs. A number of upgrading processes and 
technologies have been proposed to improve the qualities of bio-oil. These include 
hydrodeoxygenation (HDO) using molecular hydrogen or hydrogen source and a variety of 
catalysts, two-stage pyrolysis-catalytic upgrading processes, esterification and a host of 
physical processes including hot filtration, sedimentation and centrifugation [9].  HDO has 
been proposed for the conversion of low-oxygen heavy bio-oil fractions for liquid fuels 
production, while the aqueous fraction could be reformed to hydrogen for the HDO process 
[2, 10]. 
 
Van Rossum and co-workers [11-12]] have been investigating conventional catalytic 
gasification at temperatures between 500 and 900 °C as a way of adding more value to 
pyrolysis oils.  In addition, catalytic reforming of the separated aqueous fractions of bio-oil 
has become an active research area in the last few years. Technologies such as aqueous-phase 
reforming, supercritical water gasification (SCWG), steam reforming and autothermal 
reforming have all been investigated. Due to the high water contents of the raw bio-oil and 
particularly, its separated water-soluble fraction, hydrothermal conversion is seen a suitable 
technology. However, current methods of precipitating the insoluble fraction by adding more 
water to the bio-oil would generate significant amounts of process water, especially with 
water additions of up to 5 times the mass of bio-oil [13-14]. The process water would need to 
be further valorised depending on its carbon content or treated before disposal.  
 
A number of researchers have investigated the catalytic hydrothermal conversion of the 
aqueous fraction of bio-oil to hydrogen- or methane-rich syngas. For example, Penninger and 
Rep [15] have reported the SCWG of aqueous wood condensate in a tubular flow reactor. The 
reaction, which was carried out 650 °C and 28 MPa, gave a hydrogen-rich gas and resulted in 
about 90% carbon gasification. Hydrogen selectivities increased with addition of <0.1% 
Na2CO3 to promote water–gas shift (WGS) reaction. Similarly, Di Blasi et al. [13] carried out 
the SCWG of diluted wastewater collected from the downstream of an updraft wood 
gasification plant. The SCWG process carried out at temperatures in the range of 450–548 °C 
yielded TOC conversions of between 30 and 70%. Vispute and Huber [16] reported the 
aqueous-phase reforming of water-soluble fraction of bio-oil at 265 °C, 5.5 MPa with Pt-
based catalyst, which yielded carbon gasification efficiency of just 35 %, however the 
product gas gave 45% selectivity for alkanes at a WHSV of 0.96 h
−1
. In addition, Chakinala 
et al. [17] targeted hydrogen production from aqueous phase of bio-oil with a range of metal 
catalyst, including nickel, ruthenium, rhodium, platinum and palladium. They found that 
ruthenium gave the highest gasification efficiency (GE), while palladium gave the highest 
selectivity for hydrogen. All these reported cases involved using aqueous-phase fractions 
with low concentrations e.g. 0.65 – 3.1 wt% TOC [13], 4 wt% organic [15], 1 % TOC [16] 
and 5 wt% [17]. They also showed that attempts to increase feed concentrations resulted in 
poor conversion difficulties due to tar formation, reactor pulling and clogging of the pump 
outlets during continuous operation. In addition, high biomass feedstock concentrations in 
batch reactors have resulted in low carbon gasification efficiencies and reduction in hydrogen 
yields [18-20].  
 
 
While, it may therefore be beneficial to develop appropriate hydrothermal technologies for 
upgrading bio-oil, via either complete gasification or reforming, the former appears to offer a 
simple alternative of transforming the complex bio-oil into simple gases. Such an approach 
may be used to upgrade raw unseparated bio-oil completely to useful syngas for direct use or 
adapted to produce syngas for the production of cleaner liquid fuels via Fischer-Tropsch 
synthesis. Conversion of bio-oil to combustible gases such as methane and hydrogen via 
hydrothermal gasification will enable a rapid market penetration due to the existing markets 
and infrastructures for these products. Hence, in this work, a sample of the heavy fraction of 
bio-oil has been subjected to supercritical water gasification (SCWG) conditions in a batch 
reactor and in the presence of ruthenium oxide catalysts. The aim of this work was to 
investigate the feasibility of complete gasification of high concentration of bio-oil in 
supercritical water with the aid of the stable RuO2/γ-Al2O3 catalysts. The results of this work 
would provide important data that will contribute to further commercial development of 
hydrothermal conversion of bio-oil as a viable alternative to existing technologies.   
 
2.0. Experimental 
2.1. Materials 
The sample of bio-oil was obtained via fast pyrolysis at 710 °C in a fluidized bed reactor with 
a short gas residence time of <1 s. The bio-oil was then subjected to distillative separation 
and centrifugation to reduce its moisture content to 3.2 wt%. The water content was reduced 
to this level as a precaution to prolong the shelf-life (stability) and ensure consistent 
composition of the bio-oil. The characteristics of the bio-oil are presented in Table 1. 
Commercial ruthenium oxide - gamma alumina (RuO2/γ-Al2O3) catalysts containing 5 wt%, 
10 wt% and 20 wt% of the ruthenium oxide were used in these tests. The catalysts and bio-oil 
sample were obtained from Catal Ltd, a UK-based SME. The catalysts were in the form of 1 
mm pellets but were pulverized and sieved to <125 μm particle size before use. XRD analysis 
confirmed that the ruthenium was present as ruthenium (IV) oxide (RuO2). The catalysts were 
pulverized and sieved to ≤ 120 nm before characterization and use. The characteristics of the 
catalysts are presented in Table 2. Dichloromethane (99 % purity) used as extraction solvent 
was purchased from Sigma-Aldrich, UK. 
     
2.2. Methods 
The container holding the bio-oil was agitated on a laboratory shaker for 10 min before 
samples were taken and weighed. In each test, 17 ml of deionized was added into a 75 ml 
Inconel batch hydrothermal reactor [21] followed by 1.0 g of the RuO2/γ-Al2O3 catalyst 
(when used). The mixture of water and catalyst was stirred with a glass rod prior to adding 
3.0 g of bio-oil. The bio-oil loading was therefore 15 wt% in each case. After loading, the 
reactor was sealed, purged with nitrogen gas for 10 min and pressurized to 1 bar with the 
nitrogen gas prior to heating. The heater was placed in a vertical ceramic 1.5 kW knuckle 
heater and heated to the designated temperatures of 400 °C, 450 °C and 500 °C at an average 
heating rate of 21 °C.min-1. Majority of the tests were carried out for 60 min reaction time at 
the designated temperatures to investigate the effect of reaction temperature and ruthenium 
loading. To investigate the influence of reaction time, experiments were carried out at 0, 30 
and 60 min at 500 °C with the 20 wt% RuO2/γ-Al2O3. During the batch reactions, the 
operating pressures varied depending on reaction temperatures, reaction time and percentage 
of ruthenium in the catalyst, ranging from 26.5 MPa at 400 °C and up to 40 MPa at 500 °C.  
At the end of the reaction, the reactor was quickly withdrawn from the heater and rapidly 
cooled to room temperature with a combination of a fan and compressed air. On cooling, the 
pressure exerted by the product gas was noted prior to gas sampling for gas chromatographic 
analysis.  
 
2.2.1. Gas products analysis 
The gas products obtained from the reactions were sampled via gas-tight plastic syringes and 
immediately analysed using gas chromatography [20, 22]. Briefly, permanent gases including 
hydrogen, nitrogen and carbon monoxide were analysed using a column fitted on a GC with a 
thermal conductivity detector (GC-TCD). Carbon dioxide was analysed on a separate column 
used in a different GC/TCD. Finally, hydrocarbon gases including methane, ethene, ethane, 
propene, propane, butane, butene and butadiene were separated on a column in a GC fitted 
with a flame ionization detector (FID). Gas analyses were carried out in triplicates with less 
than 1% standard deviation for each gas component. The results of the analyses were 
obtained in volume percent and converted to moles of each gas using ideal gas equation and 
Henry’s Law. 
 
2.2.2. Liquid and Solid Sampling 
After gas analysis, the remaining gas products were discharged and the reactor opened to 
sample its liquid and solid contents. Prior to sampling, 100 μL of 2-hydroxyacetophenone 
(internal standard) was added to the reactor, followed by dichloromethane (DCM) extraction 
solvent. The contents of the reactor were quantitatively transferred onto a filtration system to 
separate the solid residues from the liquid products. More DCM and deionized water were 
used to wash the reactor and filter paper until clear.  
 
2.2.3. Solid Analysis 
The solid residues were homogenized with a laboratory mortar and pestle before further 
analysis. Firstly, the solid residues were analysed for char contents by ashing at 550 °C 
overnight. The difference in weight between the solid residue and the ash was taken as the 
weight of char. Furthermore, the fresh catalysts, the solid residues and the calcined catalyst 
(ash obtained from the solid residues) were all analysed by an x-ray diffractometer (XRD) to 
check for the alumina and ruthenium oxide phases [23]. In addition, the fresh catalyst and 
calcined catalysts were characterised by scanning electron microscope – energy dispersive x-
ray spectroscopy (SEM-EDXS). The instrumentation used was a Jeol JSM-6610LV Scanning 
Electron Microscope coupled to an Oxford Instruments INCA X-max80 EDS system. Prior to 
analyses, the powdered catalyst samples were gold-coated (30nm) using a Quorum Q150RS 
sputter coating unit. Secondary electron micrographs for the samples were recorded using an 
accelerating voltage between 15kV and 30kV. EDXS semi-quantitative analysis for the 
catalyst samples were undertaken using an accelerating voltage of 20kV, an aperture of 2 and 
a beam spot size of 50. 
 
2.2.4. Liquid Analysis 
The mixtures of aqueous and organic (DCM) fractions obtained after the filtration procedure 
were separated by liquid-liquid extraction technique. Each mixture was carefully transferred 
into a separation flask, equilibrated and left for 30 min to separate into the organic and 
aqueous phases. Residual water-soluble products (WSP), in the aqueous fractions remaining 
after the extraction of the organic compounds, were determined by evaporation and 
gravimetry. In the procedure, 50 ml of the homogenous aqueous fraction was evaporated on a 
pre-weighed porcelain crucible on a water-bath and dried in a desiccator overnight. The DCM 
fraction was withdrawn and the extraction procedure repeated two more times. The organic 
fraction was analysed on a GC coupled to an MS/MS system [21]. Briefly, a Varian CP-3800 
gas chromatograph coupled with a Varian Saturn 2200 mass spectrometer (GC/MS/MS) was 
used. The oil components were separated on a 30 m DB-5 equivalent column. For the 
GC/MS/MS analysis, 2 μl of each DCM extract was injected into the GC injector port at a 
temperature of 290 ºC; the oven programme temperature was 35 ºC for 8 min, then ramped to 
120 ºC at 5 ºC.min
-1
 heating rate, held for 1 min and ramped at 4 °C.min
-1
 to 210 °C and 
finally ramped at 20 °C.min
-1
 to 280 °C (total analysis time of 55.5 min). The transfer 
temperature line was at 280 ºC, manifold at 120 ºC and the ion trap temperature was held at 
200 ºC. The MS system was operated in the Electron Impact (EI) mode. The compounds 
present in the extracts were quantified by internal standard method with the added internal 
standard.  
3.0. Results and Discussions 
3.1. Effect of reaction time at 500 °C 
In this work, considering that gas yields consistently  increased with temperature, it was 
decided that the influence of reaction time be tested at the highest temperature of 500 °C. The 
tests were carried out at 0, 30 and 60 min reaction hold times using the 20 wt% RuO2/γ-Al2O3 
catalyst. As shown in Table 3, at 0 min total gas yield was 64.3 wt% but this increased to 
86.2 wt% after 30 min and then finally to 96.4 wt% after reacting for 60 min. These results 
showed that longer reaction times at the designated temperatures were required for increased 
gasification of the bio-oil, which justified the use of 60 min reaction time for the majority of 
this present work.  
 
3.2. Effect of ruthenium loading and reaction temperature 
3.2.1. Product yields 
Table 3 shows that gas production increased with the increase in reaction temperatures (400 – 
500 °C) and ruthenium oxide loading, i.e. the percentage of RuO2 in the catalyst (5 wt% - 20 
wt%). Yamamura et al. [24] showed that water participates in the catalysis by RuO2 and this 
has been taken into consideration in calculating the mass balances. The increase in gas yields 
corresponded to decreases in the yields of other products, such as WSP,  oil and char.  The 
highest conversion of bio-oil to gas were observed using 20 wt% ruthenium catalyst at the 
respective temperatures, so that at 500 °C, about 96 wt% gas yield was obtained with this 
catalyst. The increase in bio-oil gasification was less dramatic between 450 °C and 500 °C 
compared to the increase in gas production from 400 °C to 450 °C. Without any catalysts at 
400 °C, there was nearly an equal distribution of the bio-oil into oil, gas and solid products. 
However, as the temperature increased, gas products became more dominant at 450 °C and 
500 °C, without catalysts. There was an interesting trend with regards to the WSP, which 
appeared to increase between the non-catalytic reactions and the reactions with 5 wt% 
RuO2/γ-Al2O3 , after which, it consistently decreased with increased ruthenium loading.  
 
Considering the reduction in the yield of char between the non-catalytic tests and the reaction 
involving 5 wt% catalyst, it could be suggested that the ruthenium catalyst was capable of 
suppressing char formation by breaking C-C bonds in the bio-oil components [24-27]. In the 
hydrothermal medium, C-C bond cleavage would result in forming short-chain products and 
intermediates which became increasingly gasified [24]. Sato et al. [25] found that Ru/γ-
alumina gave the highest conversion of alkylphenols as lignin model compounds during 
SCWG tests at 400 °C, in the presence of supported noble metal (Ru, Rh, Pt, and Pd) 
catalysts. Yamamura et al. [24] used unsupported RuO2 as catalyst for the SCWG of low 
concentrations (~ca. 3.33 wt%) of biomass model compounds, paper sludge and sewage 
sludge at temperatures of up to 500 °C and found that hydrogen, methane and carbon dioxide 
were the main gas products. The authors reported complete gasification of cellulose and 
glucose, along with high conversions of N- and S-heterocyclic compounds, and proposed a 
mechanism involving a redox cycle between Ru(IV) and Ru(II).   
 
Oil yield was highest in the non-catalytic reactions at each reaction temperature, but 
consistently decreased as the reaction temperaures increased. At 400 °C, oil yields was 31.5 
wt% in the absence of catalysts and decreased by 32%, 55%  and 82% respectively, in the 
presence of 5 wt%, 10 wt% and 20 wt% RuO2/γ-Al2O3 catalyst. Similarly at 450 °C and 500 
°C, oil yields were 26.3 wt% and 24.5wt% respectively, during the non-catalytic reaction and 
decreased steadily as the ruthenium oxide loading in the catalysts increased. Indeed, at 20 
wt% ruthenium loading, oil yield decreased to 1.15 wt% of the bio-oil feed at 500 °C. The 
presence of increasing ruthenium loading in the catalysts led to steady decline in the yields of 
char products at each reaction temperature. Similar to the trend in oil yields, the yield of char 
decreased as the reaction temperature increased, so that with the 20 wt%  RuO2/γ-Al2O3, char 
yield was 6.19 wt% at 400 °C,  which decreased to 4.5 wt% and 1.04 wt% at 450 °C and 500 
°C, respectively.  
 
3.2.2. Detailed analysis of gas products 
Carbon gasification efficiency (CGE) 
The gas yields were determined both by carbon gasification efficiency (CGE) and the actual 
yields of individual gases. CGE was calulated as follows; 
 
                             
                                            
                              
                                         (1)                        
 Figure 1 shows the trends in CGE during the SCWG of bio-oil with and without the 
ruthenium catalysts. Clearly, this figure mirrors the trend in the product distribution discussed 
above, showing the conversion of the bio-oil carbon into gas products. The CGE increased 
dramatically between the non-catalytic runs and the catalytic tests using the 5 wt% RuO2/γ-
Al2O3. Similar, increase in CGE can also be observed between the values obtained from the 
tests with 5wt% and 10 wt% catalysts, while the increase in CGE narrowed between the 10 
wt% and 20 wt% catalysts in this work.  Hence, doubling the ruthenium loading from 10 wt% 
to 20 wt%, though gave improved CGE values but not by a lot, suggesting that the bio-oil 
feed amount became a limiting factor.  The highest CGE obtained from this work was 97.4 % 
at 500 °C using the 20 wt% catalyst, while the 10 wt% catalyst gave its highest CGE of 91.5 
% at the same temperature. Elliott et al. [28] reported that ruthenium catalyst gave  up to 
99.8% carbon conversion in terms of chemical oxygen demand, during the aqueous-phase 
reforming of process waters obtained from hydrothermal liquefaction of algae, with a biogas 
composition of ~ 60% CH4, 30% CO2, 5% NH3, and 2% H2.  
 
The effect of increasing temperature was very obvious from the CGE results at all 
temperatures  but with interesting trends for the non-catalytic and the catalytic SCWG with 
the 5wt% RuO2/γ-Al2O3. The non-catalytic test showed a steeper increase in CGE from 400 
°C to 450 °C  and then slowed between 450 °C and 500 °C. In contrast, the trend in CGE 
shows a slow increase between 400 °C and 450 °C in the the presence of 5 wt% RuO2/γ-
Al2O3, while catalytic activity seemed to increase from 450 °C to 500 °C. On one hand, this 
could be explained by the stabilization of the reaction products, possibly due to the formation 
of char during the non-catalytic tests, so that once char was formed no significant gasification 
could occur. On the other hand, it would appear that the rate of bio-oil solubilization was 
faster than catalytic activity for the 5 wt% catalyst but that the catalysts was able to gasify 
even the char products at higher temperatures.   
 
Gas compositions and yields  
The major components in the gas products included hydrogen, methane, carbon dioxide, 
carbon monoxide and hydrocarbon gases (C2 – C4). The yields of the C2 – C4 gases were 
relatively low compared to the others, so that their yields have been combined in this report. 
Figure 2 presents the volume percent yields of the components in the gas products in relation 
to catalyst loading and reaction temperature. In the absence of catalyst, carbon dioxide was 
the dominant reaction product at all temperatures. However, in the presence of the ruthenium 
oxide catalyst, the volume percent of methane increased and overtook that of CO2. High 
yields of methane have been reported during the supercritical water gasification of different 
biomass samples in the presence of ruthenium catalyst [10, 17, 28]. Interestingly,  Figure 2 
shows that the point at which methane overtook CO2 shifts leftward as temperature increased, 
indicating a positive influence of methanation rate i.e. the catalytic activity of the ruthenium 
oxide catalyst for methanation increased with increasing temperature.  In terms of volume 
percent, the three predominant gases were carbon dioxide, methane and hydrogen. The 
volume percent of hydrogen was highest with 5wt% RuO2/γ-Al2O3 loading at each 
temperature. The trend in hydrogen yield was similar at all temperatures investigated in this 
work; it was between 8 – 10 vol.% for the uncatalysed test but rose to between 18 – 20 vol.% 
in the presence of the 5 wt% RuO2/γ-Al2O3, and then fell and stabilized at about 10 vol.% 
with the 10 wt% and 20 wt% RuO2/γ-Al2O3 catalysts. Using 2.0 g Ru/amorphous Al2O3 
catalysts, Byrd et al. [26] reported the complete conversion of 1.0 wt% glucose solution to 
yield 12 mol H2/mol of glucose at 700 °C after 2 s reaction time in a tubular reactor. The 
differences in the results reported by Byrd et al. [26] and this work may be due to differences 
in feed loading, reactor temperature, reaction time, catalyst composition and catalyst/feed 
ratio. It would appear that using ruthenium metal at higher temperatures [26, 29] favoured 
hydrogen production, while using RuO2, moderate temperatures and long reaction times in 
this present study favoured methane production. Although, the highest RuO2 /feed mass ratio 
(for the 20 wt% RuO2/γ-Al2O3 catalyst) in this work was 1:15, the results were comparable to 
those of Yamamura et al [24], who used a RuO2/feed ratio of 1:5 in their work, which may 
indicate the contribution of the support.  
  
Byrd [26, 29] explained that the gasification mechanism for hydrogen production included 
adsorption of glucose on the catalyst surface, followed by dehydration, and then C-C and C-O 
bond cleavages followed by water-gas shift reaction. However, the main reaction mechanism 
of CO2 methanation with ruthenium catalysis have been variously reported in literature [30-
31] to be via a two-step hydrogenation or reduction of CO2 to CO and then to methane;  
CO2 + H2 <=> CO + H2O                                                                             (2) 
CO + 3H2 <=> CH4 + H2O                                                                           (3) 
 
Therefore, ‘dry‘ methanation reaction is heavily dependent on the partial pressures of CO2 
and hydrogen. However, in this work, the large presence of water, could lead to competition 
between CO methanation and CO water-gas shift (WGS) to hydrogen, which is the 
equilibrium reaction in equation 2.  Gas products in the presence of ruthenium contained at 
least 10 vol.% hydrogen gas in all cases. This fairly high volume concentration of hydrogen 
gas and the little or no CO in the presence the catalysts, may suggest that the consumption of 
CO during methanation was faster that the reduction of CO2 to CO [30] according to equation 
2, which may be explained by the competition for CO for methanation and hydrogen 
production via WGS. Therefore, it could be the case that the presence of water affected the 
equilibrium of reaction 2 more than that of reaction 3.    
 
Figure 3 presents the weight percent yields of the gas component on the basis of the bio-oil 
feed, which shows that carbon dioxide and methane increased almost linearly with increasing 
ruthenium loading  at 400 °C. However, at 450 °C and 500 °C, there was a linear increase of 
carbon dioxide and methane yields from the non-catalytic test up to the presence 5 wt% 
RuO2/γ-Al2O3, then the yields of the gases slowly increased when the ruthenium oxide 
loading was increased up to 20 wt%.  Substantial yield of carbon monoxide of up to 5.3 wt% 
of the gas product obtained at 500 °C, was observed in the absence of the ruthernium oxide 
catalysts. However, the presence of the catalyst led to nearly complete disappearance of CO, 
suggesting occurence of methanation reaction. The yields of C2 - C4 gases also experienced 
similar trends comparable with the trends in CO yields. 
 
Figure 4 shows the plot of the molar yield ratios of methane to carbon dioxide. The 
uncatalysed reaction show a linear increase in CH4/CO2 ratio with increasing temperature, 
which increased dramatically in the presence of 5 wt%  catalyst, and reached the highest  
ratio of 1.28 at 500 °C. The 10 wt% and 20 wt% catalyst, produced CH4/CO2 ratios greater 
than unity (1) at all temperatures, indicating that the higher loadings of ruthenium oxide 
favoured CO2 methanation. The CH4/CO2 ratio for the 10 wt% and 20 wt% RuO2/γ-Al2O3 are 
clearly similar at both 400 °C and 500 °C, only differing slightly at 450 °C. The similar ratios 
at these temperatures could be attributed to the equilibrium limitation imposed by the 
competing reactions of CO – methanation and WGS reaction [24], considering the large 
presence of water as reaction medium.  
 
Calorific values of gas products  
The higher heating values (HHV) of the gas products presented in Figure 5 were estimated 
based on the volume percent of gas components, using the equation below; 
                                                                                                                              (4) 
where i …n = each combustible component in the gas product 
X = volume fraction of gas component  
CV = calorific value of gas component in MJ.kg
-1 
(and also in MJ.m
-3
, respectively) 
 
Figure 5a is the calorific values in MJ.kg
-1
, which clearly shows that the calorific values of 
the gas products generally increased as the ruthenium oxide loading increased. The highest 
calorific values in Figure 5a was obtained with the 5 wt% catalyst due to the high yields of 
hydrogen with this catalyst compared to catalyst with higher ruthenium loading. This is the 
case considering that hydrogen has a much higher calorific value per kg than the other gases. 
However, as shown in Figure 5b there was a consistent rise in the energy content (per cubic 
metre) of the gas products with increasing ruthenium oxide loading. Clearly, the contributions 
to calorific value of the increasing yields CO and methane with temperature under the non-
catalytic condition can be seen in this figure. However, as methanation increased, there were 
only slight differences in calorific values at the three different temperatures with the 5 wt% 
and 10 wt% catalysts. It was only with the 20 wt% catalyst that again, an increasing trend in 
calorific values with increasing temperature was observed.  
 
3.3. Oil compositions  
Although the main focus of this work was on the gas products, it was also important to 
present the compositions of some of the oil products obtained. In particular, significant yields 
of oil products were observed at 400 °C, which reached up to 31 wt% in the non-catalyzed 
reaction. Hence, the yields of the important components of these oils obtained from tests 
carried out at 400 °C are presented here. Figure 6 presents the total ion chromatograms 
(TICs) of the oils obtained at 400 °C without catalyst and with the 20 wt% RuO2/γ-Al2O3, 
which show the qualitative compositions of the oils. The oil components have been classified 
into aliphatics, alkylbenzenes, phenols, polycyclic aromatic hydrocarbons (PAH) and others. 
Aliphatic compounds included ketones, aldehydes, alcohols and carboxylic acids without the 
aromatic ring. The major compounds in this category included cyclopentenones, alkyl 
cyclopentenones, hexanal, hexanoic acid. Alkylbenzenes included ethylbenzene, xylenes, and 
various methylated benzenes including tri- tetra-, penta- and hexa- methyl benzenes. The 
class denoted as phenols included mainly phenol and alkylated phenols, particularly guaiacol 
which accounted for more than 50% of the phenols. The compounds identified among the 
class of PAH included naphthalene and alkylated naphthalenes, biphenyls, fluorene, 
acenaphthene and various alkylated indenes.   
 
The yields of these classes of compounds are presented in two different ways in Figure 7. In 
Figure 7a, the yields of the compounds in relation to the bio-oil feed is presented. This figure 
clearly shows that the yields of compounds in the oil products decreased as the ruthenium 
catalyst loading increased even at 400 °C, which also mirrored the decreased in the overall oil 
yields. Phenols were the dominant compounds obtained during the uncatalyzed reaction at 
this temperature. In the presence of the 5 wt% RuO2/γ-Al2O3 catalyst, the yields of phenol 
decreased, while yields of compounds in the other four classes increased compared to the 
uncatalyzed test. This suggested that the catalyst was capable of converting phenol to other 
less oxygenated liquid compounds and gas products. The consistent decrease in the yields of 
all compounds as the ruthenium loading increased, obviously indicated increased catalytic 
activity leading to gasification of the intermediate products. Results from the 20 wt% RuO2/γ-
Al2O3 catalyst clearly demonstrated that phenols were less stable than alkylbenzenes and 
PAH under the reaction conditions. This is confirmed from the data presented in Figure 7b, 
which shows that as the ruthenium loading increased, the percentage of phenols in the oil 
decreased, while those of alkylbenzenes and PAH increased. This is also corroborated in the 
TICs shown in Figure 6 above. The possible formation of these stable aromatic hydrocarbons 
from phenol could be explained by the increased yield of CO2 in the gas phase, indicating 
deoxygenation or decarboxylation in the presence of ruthenium. Hence, the ruthenium 
catalyst could be considered to be active in catalysing carbon gasification as well as the 
methanation of the mainly dominant CO2 gas product.  
 
3.4. Analysis of used catalysts 
Results of XRD analysis of some of the fresh and used catalysts (after calcination) are 
presented in Figure 8, which shows that there were no appreciable changes in the phase of the 
ruthenium oxide in the catalyst after use in the 20 wt% catalyst. For the catalysts, with lower 
ruthenium oxide loading, the diffraction peaks for the oxide became more intense which may 
indicate structural changes in the bulk catalysts [27]. Although, not all the  catalysts have 
been reused to test the catalytic stability, one-off  tests with the 5 wt % and 20 wt% RuO2/γ-
Al2O3 were carried out at 450 °C for 60 min, respectively. The gas results showed only a 
slight decrease in methane yield to 28.2 wt% compared to methane yield with the fresh 
catalyst of 29.4 wt%, for the 20 wt% ruthenium catalyst, and with only slight increase (2.4 
wt%) in hydrogen yield. In contrast, with the 5wt% catalyst, methane yield showed a larger 
decrease of 5.5 % and hydrogen yields increased by 9.6 %. In a previous work [22], it was 
also shown that subsequent reuse of 5wt% RuO2/γ-Al2O3 led to about 5 mol% decrease in 
methane yields, while hydrogen yields increased by 10 mol%.  Hence, it could be deduced 
that higher ruthenium loading ensured greater catalytic stability and activity, although more 
expensive. Yamamura et al [24] also reported that un-supported RuO2 was not deactivated 
during SCWG of cellulose, glucose and N-heterocyclic compounds, however slight 
deactivation was observed with sulphur-containing feedstocks. This stability of the 20 wt% 
catalyst is supported by the data from the SEM-EDXS semi-quantitative analysis presented in 
Table 4, which shows the presence of carbon in the used catalyst. However, the carbon was 
completely removed also calcination at 550 °C overnight. The actual amounts of ruthenium 
in the used 20 wt% catalysts remained fairly the same and similar to the amount in the fresh 
catalyst earlier presented in Table 1. 
 
4.0 Conclusion 
In this work, the supercritical water gasification of dewatered heavy fraction of bio-oil 
produced from mixed softwood samples have been investigated in the presence of ruthenium 
oxide catalysts, with different ruthenium loadings. Results from the batch reactor tests show 
that ruthenium catalysts were very active in the production of methane, possibly via CO2 
methanation. Higher ruthenium loading led to increased carbon gasification efficiencies, high 
methane production and dramatic reduction it both char and oil yields. Detailed 
compositional analysis of gas products indicate that the catalytic gasification process could 
have included; (1) initial oxidation of bio-oil to carbon monoxide and carbon dioxide; (2) 
WGS shift reaction to produce hydrogen,  and (3) reduction of carbon dioxide to CO 
followed by CO methanation. However, the presence of water also ensured competition 
between CO methanation and WGS reaction to produce hydrogen. In addition, high 
ruthenium loading resulted in higher catalytic and stability of the catalysts, so that with the 20 
wt% RuO2/γ-Al2O3, there was only a slight decrease in methane selectivity when the same 
catalyst was recovered, calcined and re-used in the bio-oil hydrothermal gasification process. 
These tests, carried out in a batch reactor, show that in addition to reported efficiency of 
ruthenium in catalysing the aqueous phase of bio-oil, it is also effective in the complete 
gasification of the heavy bio-oil fractions. Thus, bio-oil can simply be converted to 
combustible gases such as methane and hydrogen, for which there are ready markets.   
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Figure Captions 
 
Figure 1: Carbon gasification efficiencies (CGE) from bio-gasification in relation to 
ruthenium catalyst loading 
 
Figure 2: Volume percent yields of gas components in relation to temperatures and ruthenium 
loading in the catalysts: (a) 400 °C; (b) 450 °C; (c) 500 °C 
 
Figure 3: Weight percent yields of gas components in relation to temperature and ruthenium 
loading in the catalyst: (a) 400 °C; (b) 450 °C; (c) 500 °C 
 
Figure 4: CH4/CO2 molar ratios in relation to temperature and ruthenium loading 
 
Figure 5: Calorific values of gas products in relation temperature and ruthenium loading; (a) 
in MJ kg
-1
; (b) MJ m
3
 
 
Figure 6: GC/MS total ion chromatograms of oil products obtained at 400 °C; (a) without 
catalysts; (b) with 20 wt% RuO2/γ-Al2O3 
 
Figure 7: Compositions of oil products obtained at 400 °C in relation to ruthenium loading (a) 
in wt% bio-oil; (b) relative % yields 
 
Figure 8: Annotated XRD patterns of the fresh and used catalyst (after calcination)  
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 Table 1: Characteristics of the heavy fraction of bio-oil  
 
Parameters   Value 
Carbon (wt %) 41.0 
Hydrogen (wt %) 6.10 
Sulphur (wt %) <0.01 
Nitrogen (wt %) <0.01 
Oxygen* (wt %) 52.9 
  
Moisture content (wt %) 3.20 
Calorific Value (MJ/kg) 20.0 
Density (g/cm
3
) 1.22 
Kinematic Viscosity at 20 °C (mm
2
/s) 131 
Dynamic Viscosity at 20 °C (mPa.s) 159 
pH 3.10 
Solubility in dichloromethane (%) at 20 °C (%w/v) 59.5 
*Calculated by difference 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Table 2: Characteristics of the ruthenium oxide - alumina catalysts 
Parameters  Value 
 
5 wt%  10 wt% 20 wt% 
BET Surface Area (m
2
/g) 8.54 8.06 7.97 
Pore Volume (cm
3
/g) 0.027 0.023 0.025 
Pore Adsorption Diameter  12.7 11.2 12.4 
Pore Desorption Diameter 15.4 15.3 16.5 
% Ruthenium metal 4.05 7.48 15.1 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Table 3: Product yields and mass balances from catalytic SCWG of heavy fraction of bio-oil 
under different conditions (based on carbon content of bio-oil) 
RuO2 Loading in 
Catalyst 
Temperature 
(°C)   
Reaction 
Time (min) 
WSP 
(wt%) 
Oil 
(wt%) 
Char 
(wt%) 
Gas 
(wt%) 
Balance 
(%) 
No Catalyst 400 60 3.96 30.5 33.6 31.4 99.5 
5 wt% 400 60 6.75 21.3 10.1 55.8 93.9 
10 wt% 400 60 4.73 14.3 6.72 69.9 95.6 
20 wt% 400 60 0.71 5.67 6.19 82.5 95.0 
  
      
No Catalyst 450 60 2.46 26.3 26.0 42.3 97.0 
5 wt% 450 60 7.65 16.0 10.0 64.9 98.5 
10 wt% 450 60 1.58 4.29 9.73 80.1 95.7 
20 wt% 450 60 0.65 2.63 4.53 91.4 99.2 
 
       
No Catalyst 500 60 0.92 24.5 22.3 50.9 98.6 
5 wt% 500 60 5.96 4.90 8.76 76.2 95.9 
10 wt% 500 60 0.59 2.89 5.41 90.8 99.7 
20 wt% 500 60 0.58 1.15 3.04 96.4 101 
 
       
20 wt% 500 0 4.01 15.6 11.6 64.3 95.5 
20 wt% 500 30 2.96 4.15 4.38 86.2 97.7 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Table 4: Semi-quantitative composition of the fresh, used and calcined catalysts 
 
 
 
400 °C 
 
450 °C 
 
Parameters Fresh Used  Calcined Used  Calcined 
Carbon (wt %) 
 
14.9 
 
16.4 
 
Oxygen (wt %) 53.2 46.4 50.8 47.0 54.3 
Aluminium (wt %) 31.7 27.5 34.8 26.2 30.7 
Ruthenium (wt %) 15.1 11.2 14.4 10.4 15.0 
 
 
 
 
